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A rigorous rate-based model for acid gas absorption was developed and vali-
dated against mass-transfer data obtained from a 3-month campaign in a labora-
tory pilot-plant absorber in which the experimental gas-liquid material balance
was within an average of 6%. The mass-transfer model is based on the penetration
theory where the liquid film is discretized using an adaptive grid. The model was
validated against all data and the deviation between simulated and averaged gas
and liquid side experimental mass-transfer rates yielded a total variability of
6.26%, while the total average deviation was 6.16%. Simpler enhancement factor
mass-transfer models were also tested, but showed slight over-prediction of mass-
transfer rates. A sensitivity analysis shows that the accuracy of the equilibrium
model is the single most important source of deviation between experiments and
model, in particular at high loadings. Experimental data for the absorber in the
integrated pilot plant are included. © 2007 American Institute of Chemical Engineers
AIChE J, 53: 846-865, 2007
Keywords: CO, absorption, absorber model, experimental validation, laboratory pilot

plant, MEA

Introduction

Inherent advantages of fossil fuels, such as availability,
relatively low cost, and the existing infrastructure for deliv-
ery and distribution, make them likely to play a major role
in the world energy production at least for the next 50 years
to come. Combustion of coal and natural gas are main sour-
ces of CO, emissions, which according to the Intergovern-
mental Panel on Climate Change (IPCC) constitute the major
man-made contribution to global warming.! This has led to a
number of measures around the world to address this prob-
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lem. The most viable and commercially available CO, capture
technology today is based on postcombustion CO, absorp-
tion.>> In this process CO, is captured from the flue gases af-
ter the conversion of fuel into power. Typically, the CO, con-
centrations are 3—5% in natural gas-fired and 13—15% in coal-
fired power plants. To properly understand the mechanisms
associated with this removal technology, for accurate plant
design, and for process improvement, precise modeling of the
whole absorption/desorption process is crucial.

Specific system description

The process studied in this article is a conventional
amine absorption process, as described in Tobiesen et al.*
Although several commercial process packages for sour-
gas absorption exist, e.g. Aspen Plus, Hysys, Protreat,
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Figure 1. Simplified flow sheet of the laboratory pilot plant.

Tsweet, these are limited as to the number of absorbent
systems that are included. At the same time, there are few
models describing the absorption process published in the
open literature. Commercial software packages are based
on different methods for the tower calculations, such as
stage-wise or rate-based approaches. It is commonly ac-
cepted that a rate-based approach has a potential for the
most accurate description of the absorber and desorber
behavior. A schematic diagram of the apparatus used in
this work, similar to an industrial amine absorption pro-
cess, is shown in Figure 1.

The rate based methodology for simulating a packed-col-
umn laboratory absorber was early presented by Danckwerts
and Alper.’ De Leye and Froment® modeled isothermal
chemical gas absorption, while Pandya’ performed packed-
column absorber simulations for amine and potash solutions.
More recently, Alatiqi et al.® developed a rate-based model
for absorbers and desorbers using a mixing-cell approach and
an enhancement factor model for the effect of chemical reac-
tion. Kucka et al.” and Al-Baghli et al.'® developed rate-
based models for absorption with MEA and DEA, respec-
tively, using approximations and numerical solutions for the
film model, respectively, for describing mass transfer.
Recently, Freguia and Rochelle'' modeled a basic absorption
flowsheet with MEA using a rate-based interfacial mass-
transfer model assuming a pseudo first-order reaction. How-
ever, significant discrepancies between the models are
observed, and only few are supported with experimental veri-
fication.

The objective of this work is to validate the absorber part
of a rigorous rate-based simulation program for a complete
absorption/desorption process, using detailed data from a
pilot plant available in our laboratories. The model is imple-
mented in FORTRAN 90. The mass-transfer model is devel-
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oped based on the penetration theory with special emphasis
on implementing numerical techniques that give accurate and
rapid convergence. Simpler and faster interfacial models
based on enhancement factors are also implemented and
evaluated. Emphasis has been put on easy adaptation of the
code to different absorbent systems. All subprograms use
standardized syntax and the unit operations are modularized
to facilitate changes in flow-sheet configuration and equilib-
rium and mass-transfer model.

The developed model is based on data and correlations
from the open literature and from separate experiments in
own laboratories, e.g. chemical equilibria. No fitting to ex-
perimental results from the pilot rig were done, and the
model and the pilot-plant experimental data are independent
of each other in their entirety. This article concentrates on
the validation of the absorber section and a subsequent paper
will focus on the desorber section of the pilot rig. The devel-
oped model is written primarily for modeling CO, removal
from postcombustion flue gas systems at atmospheric pres-
sure, but can equally well be used for modeling acid gas
absorption from natural gas or other process streams, e.g.
blast furnace gases.

Model and Model Implementation
Flow model

The general flow model, see Appendix A, is based on the
assumption of plug flow of both gas and liquid. Implementa-
tion of an axial dispersion model was considered, and can
easily be realized, but all correlations for mass-transfer coef-
ficients and contact area found in the open literature are
based on the plug-flow assumption and would need re-evalu-
ation in order to be used with an axial dispersion model. The
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plug-flow concept is deemed to be reasonable at low gas
densities and reasonable velocities (<2-3 m/s). However, for
demanding applications at higher pressures and gas and lig-
uid loads, it may be questionable. Also for very high recov-
ery values of acid gas (>95-99%), there will be significant
sensitivity for backmixing effects.

Gasl/liquid interfacial model

Several interfacial flux models are implemented in the
overall contactor model. A rigorous penetration theory-based
model, see Appendix B, is implemented using numerical rou-
tines aimed particularly at cases with large interfacial con-
centration gradients. A schematic concentration and tempera-
ture profile for a transferring component represented by a
separate liquid and gas section is shown in Figure 2. The
adaptive grid used for solving the transport equations is also
described in Appendix B. The driving force for absorption is
expressed in terms of activities for all the mass-transfer mod-
els. This is a more accurate way of expressing driving forces
and is easily implemented since nonidealities are explicitly
accounted for and calculated in the thermodynamic equilib-
rium model.

Analytical solutions for interfacial mass transfer with
chemical reaction are restricted to asymptotic cases in which
simplified assumptions about the reaction regimes are made.
It is generally accepted that for absorption within the fast
pseudo first-order reaction regime, i.e. 3 < Ha and E,, > 5Ha,
the enhancement factor can be expressed as the Hatta number:

v/Dco,kovC
E— Ha— €O, KovC MEA

kco,L

)]

This asymptotic approximation is in general valid when
the concentration of free MEA (Cymga) does not change
much throughout the reaction zone.

The enhancement model formulated by DeCoursey for re-
versible second-order reactions (first order with respect to
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Figure 2. Interfacial mass transfer for a differential ele-
ment in the packing.

CO0,)"? is given as:

—Hd? Ha*

E Ha?
Epec = +
Dec 4(EOC — 1)2

(Eoo - 1)

T +1] @

where the enhancement factor for an instantaneous equilib-
rium chemical reaction between CO, and MEA can be
expressed as:' 314

Dvgacoo-
————/KEq,co,CMEA

Ew=1+

Dco,

DwvEga

KEgq,co, is the equilibrium constant for the reaction as defined
by Weiland et al.'* The interfacial concentration of CO,
enters into this equation making the solution iterative.

The DeCoursey model assumes that the diffusivities of all
components are equal and the expression covers a larger
reaction region than the pseudo first-order assumption by
using so-called “bridging relations” between the reactant
concentrations.

One of the more recent enhancement models is the one
expressed by Hogendoorn et al.,'”” the Secor—Beutler—
DeCoursey (SBDC) model. Based on the equation given by
DeCoursey,12 it also requires iteration to obtain concentra-
tions of amine and CO, at the interface.

The interfacial sensible heat transfer is modeled using a
simple heat-transfer coefficient approach where the heat-
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transfer coefficient is deduced from the mass-transfer coeffi-
cient and the Chilton—Colburn analogy.'®

Use of molar flows and enthalpy flows

To ensure consistency throughout the different subroutines,
the flows are standardized to molar flows. The program there-
fore uses molar fluxes, mole fractions, and molar enthalpy
flows. This is favorable since the changes in volumetric prop-
erties do not have to be accounted for in the system while
being solved, e.g., values on concentration basis can easily
be obtained from molar fractions by having an expression for
the density as a function of component molar fractions and
liquid temperature. This is needed for determining several
hydraulic properties for the tower and can be calculated at
any point in the program.

April 2007 Vol. 53, No. 4 AIChE Journal



The use of enthalpy flows instead of fluid temperature is
preferred because a large concentration of bound CO, is
present in the liquid phase during absorption, causing the lig-
uid heat capacity to change considerably. By consistently
using the component specific enthalpy instead of temperature,
one will account for the liquid phase heat capacity for the
mixture (including chemically bound CO,) while only using
the liquid heat capacity for the unloaded solution as primary
measured data, see equations in Appendix D. This approach
relies on accurate values for the CO, heat of absorption and
liquid-phase enthalpies, since these are used explicitly as ba-
sis for the change in liquid-phase enthalpy.

Numerical scheme

The mathematical problem arising from the resulting
steady-state absorber model is a two-point boundary value
problem (BVP) in a single dimension which needs to be dis-
cretized. Basic algorithms required to solve these problems
include the finite difference types and the collocation types.
In this work, the latter method has been chosen. The colloca-
tion methods have been frequently used in chemical engi-
neering applications since adapted by Villadsen and Michel-
sen.'” Other methods were also tested but the comparisons
are not addressed here. The collocation method is of a spec-
tral type and is inherently more accurate than the finite dif-
ference types. They are always multipoint methods applying
all points within the element to estimate the corresponding
derivatives at the grid points. The finite difference method,
in its simplest case, uses only neighboring grid points to esti-
mate derivatives at the grid point.

While simultaneously solving the differential equations for
mass and energy in the packing, it is not critical as to the
path the numerical routines use toward convergence. How-
ever, the initial guesses should be realistic and further give
physically meaningful values throughout the path to conver-
gence. As already mentioned, the interfacial mass-transfer
models used in this work are coded as stand-alone models.
Therefore, also during the solution scheme of the column, a
sequential strategy has been used. Along the path toward
convergence, the mass-transfer model is solved to yield a
flux for each transferring component at each grid point in the
packing. The packing is then solved by the collocation rou-
tine.

Since the interfacial mass-transfer model yields equations
that are highly nonlinear, an analytical expression for the
derivatives is not obtainable. The interfacial flux model is
called to obtain numerical approximations of the derivatives,
in this case by finite differencing, in order to evaluate the Ja-
cobian at each point. Consequently, the mass-transfer models
must be solved a large number of times as the bulk phase
mass and energy balances are solved. The number of calls to
the mass-transfer models depends on the stiffness of the
outer system of ordinary differential equations that represent
the packing and also on the number of components that
undergo phase transfer. The stiffer the system, the more col-
location points per subinterval is needed, which requires a
larger number of grid points. The computational load will
therefore depend mainly on the rate of convergence of the
interfacial mass-transfer model, the number of times it has to
be solved in order to solve the global packing segment, and
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the total number of times the thermodynamic package is
called. The first and the last point can be significantly
reduced by minimizing the number of discretization points in
the liquid film. Since very large gradients occur at the inter-
face, a large number of gridpoints is needed here, while less
is needed towards the bulk. Large computational savings can
therefore be realized by using adaptive grids when compared
with fixed homogenous grids.

Vapor-liquid equilibrium

The speciation in the liquid phase, including the activity
coefficient determinations for CO, and MEA, was calculated
using an activity coefficient model as described by Hoff
et al."®!" In the present model, however, the activity coeffi-
cient for CO, was not assigned to the Henry’s law constant,
but used to calculate CO, activity. The model was tuned to
fit own experimental VLE data and data by Ma’mun et al.>°
The fit is shown in Figure 3. For the sensitivity analysis the
model was also tuned to data of Jou et al.,21 also shown in
Figure 3. The thermodynamic model covers a temperature
range from 40 to 125°C and CO, loadings up to 0.6 mole
CO,/mole MEA. The model fitting was performed using
Marquardt’s method with an in-house Matlab software pack-
age. The speciation plot for this system was compared with
the one from Liu et al.”?> who used the NRTL model, similar
to Austgen et al.,”® but with refitted important parameters.
The difference between their and our speciation plot is small.
The speciation was also compared with NMR data at 20°C,
Poplsteinova et al.,** and found to agree well. The accuracy
of the equilibrium data as well as the model fitting is of cru-
cial importance and a sensitivity analysis has been performed
as described later.

Estimation of hydraulic properties

The penetration model requires an estimate of the average
gas/liquid contact time between mixing points. The contact
time could be obtained by considering the liquid load and
liquid hold-up in the packing and estimating a distance
between mixing points. In this work, however, we have used
the correlation given by Rocha et al.>>?® The same liquid
side mass-transfer coefficient correlation was used in the
enhancement factor-based models to ensure consistency
between the penetration and enhancement factor models.

The correlation for effective interfacial area was obtained
from De Brito et al.>’” and the correlations for liquid holdup
and limits for flooding were obtained from Suess and Spie-
gel28 and Billet and Schultes,” respectively. In Appendix C
are given the models used for hydraulics, mass transfer, and
physical properties. Since the interfacial area correlations
found in the literature show significant variations, an evalua-
tion and discussion is included.

Experimental Section
Description of the laboratory pilot plant

A simplified flow sheet for the pilot rig is shown in Figure
1 where also the sampling points are given. This is an inte-
grated pilot plant operating with an absorber and desorber

and connected unit operations. The absorber input conditions
were therefore determined by the overall plant operation and
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Figure 3. Experimental data and equilibrium model.

the operating conditions of no two runs were identical. Sta-
bility tests were performed by maintaining one steady state
for about 15 h and sampling liquid and gas in three cam-
paigns at intervals of about 5 h. Examples are Runs 2—4 in
Tables E1 and E2. The pilot plant can process about 150 N
m>/h of gas with CO, contents between 0.3 and 25 vol %.
The capture capacity is about 10 kg CO,/h from gas contain-
ing 3% CO,, depending on liquid loading. The data pre-
sented in this work were obtained during continuous opera-
tion over a period of 3 months. The system is fully auto-
mated and files of logged data were recorded continuously
during operation. Data for the pilot absorber unit and operat-
ing conditions can be found in Table 1.

Several parameters were changed during this period to ac-
complish a broad spectrum of operational conditions. Data
for absorption and stripping were recorded simultaneously
but only the absorber data are reported here. The height of
packing is such that the whole operating range for an indus-
trial contactor cannot be achieved in one experiment, but
rather for a section of the tower. However, the tests were run
such that the whole operating range for a normal absorber
was studied. The tests were performed with 30 wt % MEA.
At the beginning of the measurements, the lower range of
the loading interval was studied, and after build up of CO,
loading, the higher loading ranges were tested until the upper
loading range was reached. It was convenient to divide the
operation into three loading ranges, covering the complete
loading spectrum for MEA. These were defined as ranges 1—
3 being 0.20-0.30, 0.30-0.40, and 0.40-0.45, respectively.
Liquid sample points are given in Figure 1, and liquid spe-
cies concentrations and solvent densities were obtained. At
least 2—-3 parallel sampling operations were performed for
each steady state. In addition the pressure and liquid temper-
ature were measured in and out of the absorber plus the tem-
perature profile inside the column.

In Appendix E, Tables E1 and E2 are included as a com-
plete set of measured data for inlet and outlet gas and liquid
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streams to the absorber packing for all 20 runs. The experi-
mental temperature profiles are only included for four runs
shown graphically. The full set of temperature profile data
can be obtained from the authors upon request.

Analyses

Before liquid sampling, about 100-200 ml of liquid was
withdrawn. Then a sampling bottle was filled totally with
about 50 ml of sample, closed tightly, cooled and analysed
within 48 h. The CO, concentrations were determined using
the BaCl, method and the amine concentrations were deter-
mined by titration as described by Ma’mun et al.>® The gas
was sampled directly from the return gas pipeline about
20 cm above the top of the absorber, cooled to about 10°C, and
sent to an IR analyzer (Rosemount Binos 100). The amounts
of condensate formed during cooling were very small in all
runs. They were analyzed for amine and the concentrations
were very low. The CO, analyzers were calibrated by using
calibrated mass flow controllers for CO, and nitrogen. Cali-
bration was performed after each run, with at least 4-5 dif-
ferent concentrations covering the whole range of interest.

Table 1. Packing Parameters and Operation
Conditions for the Absorber

Asorber Characteristics

Column internal diameter (m) 0.15
Main Packing height (m) 4.36
Packing Sulzer
Mellapak 250Y
Parameter
Liquid circulation rate (1/s) 3-9
MEA concentration (wt%) 30.0
Rich solution loading (kmol/kmol) 0.267-0.451
Lean solution loading (kmol/kmol) 0.183-0.410
Temperature lean stream to absorber (°C) 40-66
Temperature rich stream out of absorber (°C) 41-69
Absorber pressure (kPa) 99-104

April 2007 Vol. 53, No. 4 AIChE Journal



Table 2. Sensitivity Analysis: Overal CO, Mass Transfer Rates Obtained in Absober Column for
Experimental Data as well as Simulation data

Exp Liq/Gas Base

Mass Flow Case
Simulation Deviation Simulator 1 2 3 4 5 6 7 8 9
AAD (%) 443 6.24 9.97 9.17 9.04 6.11 6.17 6.05 5.89 6.19 10.79
AD (%) 5.68 6.16 10.06 8.96 8.99 5.88 6.21 6.13 6.30 6.16 11.78

Pecrcentage deviation: x;.

n
AAD-absolute average deviation defined as: 137 [x; — x|.

i=1

. . n VA . —
AD-average deviation: 13 |x;|  where x; = =" x 100.
i=1 Vex

All calibrated temperature probes (PT-100 resistance temper-
ature sensors) were calibrated to a precision of about £0.1°C
with a Beamex calibrator.

Each time liquid samples were withdrawn from the system
for analyses, operational data were obtained by averaging
over a 30-min interval around the sampling time. After a
change in operational conditions the plant was run for at
least 5 h to ensure steady state operation.

Liquid density and CO, concentrations were measured for
the absorber inlet and outlet. The amine concentration was
only measured at the absorber inlet and the outlet concentra-
tion was assumed to be the same. Along the absorber, five
temperature measurements were made for each run. Together
with the inlet and outlet liquid and gas temperatures, these
yielded a total of nine temperatures for the column profiles.
It was not possible to determine whether the temperature
probes within the column measured liquid or gas phase. The
temperature plots for the two phases therefore use the same
internal temperatures, while the gas and liquid temperatures
at the ends were added to the set.

The gas from the absorber together with reclaimed CO,
from the stripper were recycled back to the absorber inlet.
The carrier gas mainly consisted of nitrogen and water vapor.
The two lines to the CO, analyzer were placed just after the
absorber exit and before the absorber inlet respectively. It
was assumed that the gas exiting the absorber was saturated
with water and amine at the up@er packing temperature. The
partial pressure of HyO, p(Tiin)p,0, at the top of the column,
was obtained using a Wilson correlation®® where the parame-
ters were taken from Nath and Bender.>' The wet basis CO,
partial pressure was then obtained as described by Ma’mun
et al.>® The absorber feed was assumed saturated with water
at the measured inlet temperature and the water content
obtained by using steam table data.>?

Individual liquid and gas phase mass balances for CO,
could be obtained based on the content of CO, in both
phases. The accuracy of the balances was assumed to be
about the same. When comparing the results with the simula-
tions, an average of the two was therefore used to determine
the CO, mass transfer in the column.

Results and Discussion
Base model for absorber validation

The simulation model was tested against all the obtained
experimental data, which included 20 data acquisition periods
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during the continuous pilot-rig operation. The following ex-
perimental data were used as basis for the absorber model
validation:

e Incoming liquid and gas streams to the absorber: molar
flow rate, F; component molar fraction of liquid and gas
phase, x; and y;; temperature and pressure, 7, p.

e The outlet liquid and gas streams from the absorber:
molar flow rate, F; component molar fraction, x; and y;; tem-
perature and pressure, T, p.

e Five temperatures through the absorber packing to yield
a temperature profile.

A base-case model was defined for the initial validation.
As base-case interfacial mass-transfer model the penetration
model was used with 31 adaptive gridpoints. The overall
reaction-rate expression was obtained from Versteeg et al.,>
while heat of reaction was obtained from Mathonat et al.>*
and supplemented with own data. The various correlations
used in the model can be found in Appendix C.

Evaluation and accuracy of the experimental data

A material balance around the absorber requires that the
CO, absorbed by the solvent should equal the CO, removed
from the gas. Table 2 shows that there is a 4.43% absolute
average deviation (AAD) between these two for the experi-
mental data, whereas the absolute deviation (AD) is 5.58%.
This indicates a systematic deviation in the data as the liquid
phase measurements on average show about 1.1% lower
mass transfer than the gas phase measurements. This system-
atic deviation is so small that it is acceptable and actually
can be taken as a support for the quality of the experimental
data. The mass-transfer rates from gas and liquid analyses
are compared in Figure 4. The figure shows that the devia-
tions are larger in the highest loading range and the small
systematic deviation between gas and liquid side is also visi-
ble. The largest errors that affect the experimental results are
expected to stem from errors in gas phase CO, calibrations
and errors in analyzing CO, in the solvent. The expected
uncertainty in the gas phase CO, measurements is =2% and
similar for the liquid phase. This is in good agreement with
the differences and AADs found. In the higher loading inter-
val there can be some CO, lost from the MEA due to flash-
ing when sampling and this will yield a too low measured
loading. However, the sampling procedure has been checked
for much higher loadings than obtained during the pilot
experiments, and this effect is thought to be negligible. A
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Loading range 1: rich loading <0.3; loading range 2: rich
loading >0.3 and <0.4; loading range 3: rich loading >0.4.

significant error can occur if the estimation of water vapor in
the inlet gas stream is erroneous. As mentioned, it is
assumed that the inlet gas, being piped back from the
absorber outlet, is at its saturation pressure over pure water.
If the inlet partial pressure were assumed to be at equilibrium
with the amine solution in the absorber sump at the measured
inlet temperature, and calculated according to a Wilson equa-
tion, this would decrease its value and adversely affect the
simulated temperature curves in the packing. The inlet molar

content of CO, gas would also change about 1-2% since the
CO, gas content is measured on dry basis.

Comparison between experiments and base case model

CO; absorption rates. The experimental CO, loading of
the rich solution leaving the column and the corresponding
values predicted by the model can be found in Table 3 for
all 20 runs. As seen from the table, the agreement is very
good. However, comparing experimental and simulated outlet
loading is not a good measure for the model accuracy. The
sensitivity to errors is low and data shown in this fashion
may conceal significant discrepancies. It is necessary to com-
pare the experimental and simulated amounts of CO, trans-
ferred. Figure 5 shows experimental and simulated mass-
transfer rates for all 20 runs. The experimental mass-transfer
rates are averages of the gas and liquid phase measurements.
The first thing to be noted is that the scatter in the data is
larger than when comparing loading values. This indicates
that mass-transfer rate is a much more sensitive measure
when comparing experiments and simulations. In spite the
scatter, the agreement between experiments and simulated
values is deemed satisfactory throughout the whole loading
range. It is particularly noteworthy that the experiments at
high loading, but with low mass-transfer rates, do not stand
out with large deviations. With high loading and low mass
transfer the liquid phase analyses are difficult as one obtains
the mass transfer by subtracting two large numbers. How-
ever, some increased scatter is observed for the results in this
range.

The mass-transfer trends shown by the simulation model
are very reasonable. The total variability (AAD), see Table
3, of the experimental average gas and liquid side mass-
transfer rates compared with the simulated mass-transfer
rates for the complete data set is 6.24%, while the total AD

Table 3. Experimental Data and Simulated Results for Individual Experimental Runs, Part 1

Rich Loading Outlet pCO, Absorbed CO,
Lean Loading, Inlet % dev Abs
Run* Exp Exp Sim pCO, (kPa) Exp (kPa) Sim (kPa) Exp Avg (kg/h) Sim (kg/h) CO,,xi*
1 0.218 0.284 0.276 1.603 0.377 0.431 3.27 2.96 —0.60
2 0.220 0.275 0.274 1.513 0.332 0.405 2.93 2.79 —4.78
3 0.215 0.272 0.269 1.509 0.343 0.406 2.98 2.80 —5.84
4 0.217 0.276 0.272 1.513 0.333 0.403 3.04 2.81 —7.55
5 0.216 0.274 0.283 1.779 0.339 0.367 3.24 341 —5.31
6 0.183 0.267 0.267 2.148 0.297 0.354 443 4.34 —-1.92
7 0.284 0.345 0.351 2.727 0.756 0.711 4.66 4.90 5.28
8 0.241 0.296 0.299 2.205 0.413 0.426 4.22 4.30 1.70
9 0.233 0.299 0.302 2.631 0.523 0.496 5.01 5.10 1.75
10 0.217 0.333 0.333 2.477 0.539 0.615 4.66 4.53 —2.66
11 0.219 0.309 0.310 1.917 0.384 0.480 3.64 3.51 —-3.64
12 0.307 0.401 0.403 2.686 1.133 1.134 3.79 3.79 0.09
13 0.297 0.390 0.400 5.429 2.305 1.974 7.43 8.09 8.98
14 0.370 0.433 0.455 4.001 2.792 2.600 3.02 3.40 12.70
15 0.357 0.435 0.443 10.299 6.355 5.611 9.25 10.30 11.28
16 0.402 0.447 0.458 8.228 6.626 6.103 3.88 4.62 18.96
17 0.409 0.451 0.449 12.112 9.964 9.868 4.94 4.65 —5.91
18 0.346 0.429 0.426 9.841 5.058 5.637 10.70 9.69 —-5.91
19 0.347 0.400 0.404 6.683 3.310 3.512 7.05 6.85 —2.87
20 0.292 0.339 0.338 3.716 1.143 1.182 5.75 5.57 -3.12
*Sorted by date.
gy = e 100
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Loading range 1: rich loading <0.3; loading range 2: rich
loading >0.3 and <0.4; loading range 3: rich loading
>0.4.

is 6.16%. This shows that the agreement between simulated
and experimental results is good and that there is no system-
atic deviation to be found. The relative deviation between
simulated and experimental absorption rate for single runs
varies between 19% and —9.6% and the overall agreement is
deemed to be satisfactory.

Comparison of simulated and experimental temperature
profiles. The experimental results for the gas and liquid tem-
peratures in and out plus the temperature profiles for four sets
of data compared with the simulated ones are shown in Table 4

and in Figures 6-9. These cases were chosen because they
cover almost the whole experimental loading range for MEA.
The difference between inlet and outlet liquid temperature
in the experiments, as seen from Table 4, varies between
about 7-8°C for the low loading range, with highest CO, up-
takes, to about 4-5°C for the highest loading range where
the CO, up-take is the lowest. Table 4 also shows the simu-
lated outlet liquid temperatures and the correspondence
between experimental and simulated values is good. Because
of the recycle of gas, the difference between inlet and outlet
gas temperatures is somewhat smaller, ranging from 2 to
5°C. Also here the accordance between experimental and
simulated values is reasonable. This trend is further sup-
ported by the experimental and simulated temperature pro-
files in Figures 6-9. There seems to be a slight under-predic-
tion of the heat evolved in the experiments with low loading,
whereas a small over-prediction can be seen for loading
range 3 (rich loading >0.40). This is in spite the fact that the
absorption rate predictions are equally good over the whole
loading range as noted earlier. However, the amount of CO,
absorbed only partly explains and determines the temperature
profiles. The temperature curves are also strongly dependent
on the amount of condensation and evaporation of water and
amine in the packing, and thereby on the estimates made for
water content in the inlet and outlet gas. These water con-
tents were not measured during the pilot tests. A relatively
small change in the estimated water concentrations change
the inlet vapor composition and yield significant changes in
the simulated temperature profiles. In particular, good esti-
mates for the inlet gas water content are important for the
temperature profiles. As noted under the discussion of exp-
erimental errors, a shift in inlet water content will affect the
experimental results as it enters into the mass balance cal-
culation for CO,. In addition, it will enter into the driving
force and temperature calculations in the model. It was found
that changing the water content in the inlet gas from a value

Table 4. Experimental Data and Simulated Results for Individual Experimental Runs, Part 2

Liquid Temp °C

Vapor Temp °C

Run* Exp Inlet** Exp Outlet** Sim Outlet Exp Inlet** Exp Outlet Sim Outlet
1 40 41 40.4 39 422 42.7
2 41 42 413 40 419 435
3 40 41 40.3 39 413 425
4 4] 42 413 40 41.7 435
5 51 55 54.9 54 534 54.7
6 50 56 55.0 54 55.6 54.8
7 49 53 53.3 52 534 52.7
8 48 52 51.5 50 52 51.0
9 61 64 63.0 62 64.7 63.9

10 48 56 54.9 54 58" 54.8
11 48 54 53.8 53 55.8 53.5
12 46 52 51.8 51 54.4 51.9
13 60 66 65.0 64 68.4 65.8
14 48 52 51.7 51 53.8 52.8
15 59 64 63.5 62 66.6 64.5
16 61 61 60.8 60 62.9 63.5
17 66 67 68.8 68 68.5 68.6
18 62 69 69.9 69 72.4 67.9
19 64 68 67.3 66 70.5 67.4
20 64 67 65.5 64 68.8 66.2

*Sorted by date.
*#*0Only measured to whole degress (°C).
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Figure 6. Comparison between experimental and simu-
lated temperature profile for loading range 1,
Run 10: Change in loading (lean-rich): experi-
ment: 0.217-0.333, simulated: 0.217-0.333.

being in equilibrium with the amine solution at the inlet tem-
perature, to being in equilibrium with pure water at the same
temperature, would shift the simulated temperature profiles
by 1-3°C. Thus, the discrepancies that are shown between
experimental and simulated temperature profiles may well
stem from errors in estimating the water vapor content in the
inlet gas stream.

The temperature profiles in most of the runs show the typi-
cal absorption bulge toward the top of the absorber. The size
of this bulge has to do with the degree of CO, absorption
whereas the location of the bulge has to do with the g/l ratio
and the amine and CO, available for absorption at a given
packing height. The experimental temperature bulge in-
creases were 8-25% for our runs. Freguia and Rochelle
report from 15 to 35% for an industrial absorber operation.'!
The smaller temperature bulges reported here have to do
with the lower loading difference in our absorption experi-
ments and thus less absorption with a higher relative circula-
tion rate. The varying CO, content into the column (3—15%)
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Figure 7. Comparison between experimental and simu-
lated temperature profile loading range be-
tween 1 and 2, Run 7: Change in loading (lean-

rich): experiment: 0.284-0.345, simulated:
0.284-0.351.
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Figure 8. Comparison between experimental and simu-
lated temperature profile for loading range 2,
Run 12: Change in loading (lean-rich): experi-
ment: 0.307-0.400, simulated: 0.307-0.403.

makes a direct comparison difficult. The location of the
bulge is almost entirely in the upper part of the packing,
indicating that most of the absorption occurs here. This is
reasonable since the ratio of amine to CO, is quite low. This
is also in accordance with the findings of Dugas et al.*

If the liquid/gas rate is increased or the packing height
lowered, the bulge will appear more to the center of the
packing. Also the inlet water content affects the position of
the temperature bulge as a low content will tend to pull the
bulge downwards in the column.

Code efficiency at gas/liquid interface and liquid
film. Figure 10 shows concentration profiles for various
species in the liquid film at the top of the absorber for Run
10 (loading range 1) and at the bottom of the absorber for
Run 15 (loading range 3). The amine species are normalized
with the total bulk amine concentration while the gas phase
components are normalized with the bulk gas-phase concen-
trations. Run 10 has a loading at the top of the packing of
0.22 and a gas phase CO, content of 0.62 vol %, while Run
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Figure 9. Comparison between experimental and simu-
lated temperature profile for loading range 3,
Run 15: Change in loading (lean-rich): experi-
ment: 0.357-0.434, simulated: 0.357-0.442.
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[Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]

15 has a rich loading of 0.44 and a corresponding CO, con-

tent of 9.98 vol %. These are two very different cases and it different liquid phase circulation rates showed no systematic
is essential that the code works sufficiently well, without deviations. The results thus indicate that the model describes
changing any system parameters, for all possible cases that the effect of liquid flow rate properly.

can occur. For the penetration model calculations, the adapt-

ive grid proved very efficient. It was found that 31 grid

points, with both absolute and relative tolerance set to 1E-6,

An investigation of the mass-transfer results as function of

one order of magnitude smaller than the outer packing 45 |
model, were sufficient. This number of gridpoints was found [
to give less than 0.1% change in AD for the complete dataset 4 |

compared with using 51 gridpoints. The bulk of these grid

points are found very close to the gas liquid interface, as is . !
best seen on the CO, graph. Note that it is necessary to 3 |
choose a sufficient film thickness to ensure that all the com-

ponents reach equilibrium at the bulk side of the film. How- =4

Height

ever, it is not important if the chosen film depth is too large
because of the adaptive nature of the grid. At the top inlet |
the reaction is extremely fast as can be seen from the deple- 1.5 |
tion of CO, at the interface. Another interesting point that :
can be noted here is that the MEA concentrations vary sig- T

ra

nificantly close to the interface, both for Run 10 at the top of 05 E:il

the packing and for Run 15 at the bottom. At the bottom the : [ |=-=--Range3

depletion of the small amount of free MEA available in the ol

film is quite large and therefore can give rise to a diffusion- 85 90 iquid resistance % g 100
controlled interfacial mass-transfer zone. This suggests that

the first-order approximation implicit in some mass-transfer

Figure 11. Liquid side mass-transfer resistance versus
models may not be valid even in this case.

position in packing.
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Run 12 (Loading range 2: base sim: 0.307-0.407), Run 15 (Loading range 3, base sim: 0.357-0.441).

The role of liquid-film resistance. Chemical absorption is
normally strongly influenced by liquid-film resistance. The
fraction of the liquid-film resistance can be defined as fol-
lows:

1

;CO L
rés.co, = % (C)]

kco,L  KcoyHco,

where kco,L is the time-averaged liquid mass-transfer coeffi-
cient obtained from the numerical solution of the penetration
model.

Figure 11 shows that the liquid-phase resistance steadily
increases as loading increases, but in the pilot tests it varied
only from about 87 to 97%. It can be concluded that the
CO, mass-transfer resistance is located almost entirely on the
liquid side, however, its contribution is reduced to below
90% in the more reactive sections of the column, e.g., at low
loading at the top of the packing. These simulations represent
relatively narrow loading regions and not the entire range
expected in an industrial column. It may occur for industrial
cases, notably at the top of the packing at low CO, partial
pressures and low loadings, that the gas phase resistance
becomes more dominant.

Model sensitivity

There are several possible sources of error in the model
presented in this paper. The use of a penetration model
should hopefully account for different reaction regimes
occurring along the packing compared with more simplified
models, such as, an asymptotic simplified solution using a
pseudo first-order regime enhancement factor model, is likely
to fail at the higher loadings, as the enhancement factor in
this case may not be assumed equal to the Hatta number.

Regardless of interface model used, the reaction-rate esti-
mate will normally become less accurate at higher tempera-
tures, partially because of lack of data and because an Arrhe-
nius exponential extrapolation might not always be accurate,
as shown by Aboudheir et al.*

856 DOI 10.1002/aic
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Even more important are the uncertainties associated with
the equilibrium data and the equilibrium model. Finally, the
lumped parameters describing penetration model contact
time, the hydrodynamic properties of the packing, and in par-
ticular, the correlations used for the effective interfacial area
are normally all found from empirical correlations based on
experimental data from systems not necessarily representative
for the absorption system in question. A parameter sensitivity
analysis covering some of these parameters was therefore
undertaken.

The importance of equilibrium model. The explicit ther-
modynamic model used in this work was fitted to equilibrium
data obtained from in-house VLE experiments, shown in Fig-
ure 3. In Figure 12 are shown the gas CO, partial pressures
(solid lines) compared with the liquid-phase equilibrium par-
tial pressures (dashed lines) for Runs 10, 12, and 15. In Fig-
ure 13 the same data are converted to driving forces along
the packing. The solid lines show results for the base-case
equilibrium model and represent the three loading ranges.

Sofid Lines - Base case eq. Model
Dashed Lines © Perurbed eg. Modal

Height [m]

: % Loadin Loading
Loading L Tan E',-E range 3
05 rangel e @
0
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Figure 13. Driving forces for CO, along packing. Simu-
lations from Run 10 (Loading range 1: base
sim: 0.217-0.334), Run 12 (Loading range 2:
base sim: 0.307-0.407), Run 15 (Loading
range 3, base sim: 0.357-0.441).
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For all simulations, regardless of loading range, the driving
force, seen from the tower top, starts with a high value,
decreases rapidly, and then increases toward the bottom of
the absorber. The sharp decrease at the tower top is caused
by the rapid increase in temperature, seen in Figures 6-9,
and reflected by the sharp increase in equilibrium partial
pressure in this region, shown in Figure 12. In the rest of the
tower, the driving forces increase due to the increase in gas
phase CO, partial pressure, whereas the equilibrium partial
pressure has a smaller effect. This is caused by the way the
experiments were set up as one tried to follow an operating
line of an industrial column, thereby increasing the CO, par-
tial pressure with increasing loading.

In Figures 12 and 13 are also shown curves for the driving
force profiles for a small perturbation of the equilibrium
model, thin lines in Figure 12, and the dashed lines in Figure
13. The DeCoursey enhancement factor model was used for
the example. The equilibrium curves for CO, were moved
0.01 loading units to the left. This corresponds to a change
of 2-4% in loading value which is of the same magnitude as
the actual accuracy in the loading determinations. The total
MEA concentration was left unchanged but the free MEA
concentrations will change slightly because of this shift in
loading. The negative shift in loading reduces backpressure
and as can be seen in the high loading range in Figure 12,
even such a small perturbation of the equilibrium data results
in a higher CO, up-take and a significant reduction in the
actual partial pressures in the tower. In Figure 13 this is con-
verted to driving forces and it is clear that this change in the
equilibrium curve has only a small effect at the lower load-
ing regimes. This is caused by the near parallel shift in
actual gas phase and equilibrium partial pressure. In loading
range 3 the difference in driving forces are larger since the
backpressure is lower at the bottom of the absorber.

Figures 12 and 13, however, only show changes in driving
forces. A change in the equilibrium model will also affect
the mass-transfer rate calculations. In Figure 14 are shown
the overall liquid side-based mass-transfer coefficients. These
are defined as the ratio between the mass-transfer rates, and
the driving forces given in Figure 13. The solid lines repre-
sent the simulations with the base case equilibrium model. It
can be seen that the largest mass-transfer coefficients occur
where the column temperature is at its highest, just below
the top. The general trend is that the mass-transfer coeffi-
cients have the opposite behavior of the driving forces. At
high driving forces the mass-transfer coefficients are lowest,
and highest for the low driving forces. They increase with
temperature, being highest in the high temperature zones
where the driving forces are at their minimum. This is
expected as both reaction rates and diffusion coefficients
increase with temperature.

In Figure 14 are also shown the effects of shift in equilib-
rium model on the mass-transfer coefficient, indicated by the
dashed lines. This effect is shown to be visible, but relatively
small for the low and medium loading ranges. However, for
the high loading range the effect is stronger, with an increase
of 10-15% as indicated by comparing the solid and dotted
light grey lines. This is twice the effect compared with the
lower loading ranges. This shows the sensitivity to the equi-
librium model, and of course to the equilibrium data on
which it is based, when calculating the mass-transfer fluxes
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in the high loading ranges. This is believed to be a general
observation for all amine systems.

In Table 5 are shown the individual mass-transfer coeffi-
cients for both the liquid and gas side. ki is the contact time
averaged liquid side mass-transfer coefficient based on liquid
phase activity driving force. kg is the gas side coefficient
based on liquid side activity driving force, and kg is the gas
side coefficient based on gas phase concentration driving
force. Hy soL is the infinite dilution Henry’s law constant.

In column 9 in Table 2 is shown the effect of the perturba-
tion in the equilibrium model on the total data set. The AAD
and the AD increase from 6.24 and 6.16%, respectively, to
10.7 and 11.78%.

Enhancement factor models. Since the numerical solution
of the penetration model is quite time consuming when simu-
lating an absorption column, it is a matter of significant prac-
tical importance to determine if a simpler interfacial model
can be used.

Figure 15 shows plots of the obtained enhancement factors
using the three enhancement factor models tested plus en-
hancement factors calculated based on the penetration model.
The results from loading range 1 show that the enhance-
ment factors obtained from the DeCoursey and SBDC models
are very close to the penetration model results whereas the
simple Hatta number model shows significant deviation even
at the low loadings. In loading range 2 the discrepancies
between the models become clearer. The DeCoursey and
SBDC models are very close together, the Hatta number
model yields higher enhancement factors, and all three are
very optimistic compared with the penetration model. In
loading range 3 the differences between the models become
very large. The Hatta number model in this case predicts
enhancement factors nearly twice as large as the penetration
model. The DeCoursey and SBDC models are very similar,
but about 50% higher than the penetration model predictions.
In Figure 16 are shown the deviations between predicted
mass-transfer rates and experimental ones from the models
when used on the pilot plant tests. The results are given in
ascending loading order which is not the same as the run
number order. It is clear that all models give about the same
result up to a rich loading of about 0.35-0.40. Compared
with the differences just found in the enhancement factor
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Table 5. Individual Mass Transfer Coefficients in Liquid and Gas side for Runs 10 and 15

Packing H,. soL
Height (m)* K; (1073, m/s) k' (m/s)”! kg' (m/s)! k& (m/s)”! [kPa/(kmol/m>)]
Run 10
436 7.69 119.4 10.58 22.01 5671.6
4011 113 79.99 8.452 21.18 6934.7
3.008 10.7 84.51 8.578 21.33 6868.2
2.006 9.84 92.82 8.786 21.54 6751.4
1.003 8.69 106 9.083 21.81 6583.0
0 7.28 127.8 9.498 22.19 6354.6
Run 15
4.36 7.64 122.2 8.787 21.28 6797.4
4.011 8.78 107.4 6.522 18.87 8350.8
3.008 7.19 132.4 6.686 19.23 8273.1
2.006 5.98 160.2 7.036 20.00 8124.3
1.003 4.92 195.6 7.514 20.41 7696.9
0 4.03 239.8 8.313 21.74 7287.6

*Postion from bottom,

_ _ _ kg _
Ki' =k + k5!, kg = (ﬁHoc,SOL>7 HyosoL = RyTy/(kg'k%).

shows that moderate changes may not destroy the overall cal-
culation. Above 0.35-0.40 in rich loading, the simplified
models start deviating significantly from the experimental
values. Note that the penetration model still yields values
reasonably similar to the experimental ones at these high
loadings, showing the strong predictive tool this model repre-
sents. The SBDC model gives the best results of the simpli-
fied models but the improvement compared with the Hatta
model is not that large. Table 2, columns 1-3, representing
the Hatta number, the DeCoursey, and the SBDC models,
respectively, gives a summary of the total AAD and AD of
the interface models from the experimental data. It is clear
that the penetration model offers the best agreement to the
whole data set and in particular in the high loading range.
The main reason why the enhancement factor based models
fail before the penetration model is, in our opinion, their de-
pendency on approximations of the infinite enhancement fac-
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tor, in particular, at low driving forces where the enhance-
ment factors become very large. The penetration model is
designed to take into account the species and transport pa-
rameter profiles in the film, and has therefore better flexibil-
ity to cope also at high loading and with small driving
forces. This is also reflected in the need for very high grid
resolution in the penetration model in order to catch the very
steep profiles in the free CO, concentration, whereas the
enhancement models average over the film. For the enhance-
ment factor models, the estimate of E., based on Eq. 2 needs
the concentrations of free amine and CO, in the bulk as well
as at the interface. Possibly, an expression for the infinite
enhancement factor using all of the species in the bulk solu-
tion might improve the performance of these models.

The need for a rigorous interface model at high loadings
with a proper description of the diffusion mechanisms for
reactants and products has previously been addressed by

120

Enhancement factor

Figure 15. Penetration model (Pen., diamonds), DeCoursey (Dec., solid lines), Hatta number (Ha, dotted lines), and
Secour-Buetler-DeCoursey (SBDC, dash-dotted lines) enhancement factors versus packing height.

Loading ranges 1-3.
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Figure 16. Experimental/simulation deviations for all pilot-plant test runs as function of rich loading for the differ-

ent interface models.

Dang and Rochelle.”” They observed large deviations from
their model using a series resistance enhancement model
which included pseudo first-order reaction and instantaneous
reaction assumptions.

The numerical interface model as well as the enhancement
models consider only the carbamate formation reaction and
simple second order kinetics is assumed. Since the carbamate
stability for MEA is high, the importance of a direct bicar-
bonate reaction is small and has been disregarded. However,
at loadings around 0.5 the production of bicarbonate by re-
version from carbamate can become significant. It is possible
that this assumption could be a source for deviations in the
high loading runs in range 3.

The effective interfacial area for mass transfer. The ac-
curacy of the mass-transfer models depends to a large extent
on the accuracy of the calculation of the effective interfacial
area since this is directly proportional to the overall mass
transfer in the packing. The available correlations from the
literature considering the type of packing used in this work
(Mellapak 250Y) show large variation in the estimated area
values. Most of these models are semi-empirical and based
on the falling film theory for laminar flow and inclined
plates. The results of the calculations are to a large extent
dependent on the absorber operating conditions and the geo-
metric parameters to which the interface area model has been
fitted. Several interfacial area models have been tested in this
work and it was found that the most reasonable and consist-
ent routine for Sulzer Mellapak 250Y was the one from De
Brito et al.”” A comparison of different routines showed that
the correlation from Billet and Schultes® gave unreasonably
low effective interfacial areas at high vapour velocities. De
Brito et al.”’ report that for certain conditions, Mellapak

Table 6. Calculated Effective Mass Transfer Areas for
Sulzer Mellapak 250Y

Correlation aph m?/m> Comments
Brunazzi et al. 230-235 Explicit function of hold-up
Brovo and Rocha 207-200 Includes surface tension,
not a function of hold-up
De Brito et al. 222-238 Not a function of hold-up

Experimental Run 1, percent vapor flood: 85, vapor velocity 2.5 m/s. Liquid
hold-up estimated from correlation by Suess and Spiegel.”
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250Y can provide an effective mass-transfer area higher than
the geometric area defined by the nominal packing surface.?’
The correlation from Brunazzi et al.*® showed similar values
as the correlation from De Brito et al., while the correlations
obtained from Rocha et al.>>?° yield slightly lower values. A
summary of the applicable correlations found in the literature
for Mellapak 250Y is shown in Table 6, together with inter-
facial area results for conditions encountered in our pilot
unit.

As shown, the interfacial area is not predicted to change
significantly along the packing. However, the correlations
differ and this alone causes the total mean error for the data-
set to change. The AAD, however, does not change to the
same extent when one set of correlations is replaced by
another. In other words, changing the correlation used for the
effective interfacial area changes the degree of conformity of
simulated results to the experimental results but not the pre-
cision of the data along the loading range.

Overview of model sensitivity to parameter changes. The
presented model uses a large number of correlations obtained
from laboratory scale experiments in which many assump-
tions have been made. These empirical correlations have
built in uncertainties both with respect to the data they were
based on, and also with respect to their applicability to the
case at hand. To investigate the effects of these uncertainties,
a sensitivity analysis was performed for some essential pa-
rameters and relations by increasing the base value by a cer-
tain percentage.

MTespiig — MT3, "
Podey = ——2% S 100 Q)
¢ MTExp,liq

Here * means a percentage change in the parameter tested.
This percentage has been chosen such that it should cover an
estimated uncertainty in the parameter.

The sensitivity analysis was performed for the following
expressions and correlations:

(1) Using enhancement model where £ = Ha,

(2) Using enhancement model of DeCoursey,12

(3) Using enhancement model of Hogendoorn et a
(SBDC model),

(4) The reaction rate for CO, [15% change],

(5) Diffusivity of carbamate [15% change],
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(6) Heat of absorption for CO, [15% change],

(7) Using effective area correlation from Brunazzi et al.,’8

(8) Lumped parameter for contact time [20% change],

(9) Tuning of the equilibrium model 2-4% with respect to
experimental data.

Tests 1-3, 7, and 9 are discussed earlier. Sensitivity tests
4-9 were all run with the penetration model as mass-transfer
model. The analyses were performed with the aim of investi-
gating the total CO, mass-transfer change. Table 2 shows the
AAD and the AD for the whole data set, obtained when
making the changes listed above. Generally it can be seen
that the perturbations invoked yield very small changes in
the final results, in this case shown by the ADD and AD.
With the experimental accuracy of the tests the results are
for all practical purposes the same. This implies that the sen-
sitivity to errors in CO, reaction rate, carbamate diffusivity,
heat of absorption, and contact time between mixing points
is quite low. However, there is a tendency in the data set
that the sensitivities increase with increasing loading.

Conclusions

Detailed experimental data from the absorber part of a 3-
month campaign in a laboratory pilot plant capturing CO,
with 30 wt % MEA were presented and used for a thorough
validation of a rate based simulation model. The gas-liquid
material balance in the experimental data was within an aver-
age of about 6%. The model was tested against all the
obtained experimental data and the deviation between simu-
lated and averaged gas and liquid side experimental mass-
transfer rates yielded a total variability (AAD) of 6.26%,
while the total AD was 6.16% which was deemed satisfac-
tory. Also the agreement between experimental and simulated
temperature profiles through the column was found to be sat-
isfactory. Several enhancement factor models were tested
and were shown to over-predict the mass-transfer rates at
high loadings compared with the penetration model. Of the
enhancement models tested, the SBDC and DeCoursey
enhancement models gave the best results with an AAD and
AD for the dataset of about 9%. A sensitivity analysis
showed that the single most important source of deviation
between experiments and model was the description of the
equilibrium, in particular, at high loadings.
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Notation
Definitions

apn = actual interfacial area of wetted packing (m?*/m?)
d = diameter packing (m)
k, = forward reaction-rate coefficient
m = Henry distribution coefficient [—]
n = molar flow [kmol/(m? s)]
pi = partial pressure of component i (kPa)
g = sensible heat flux (kJ/h)

860 DOI 10.1002/aic

y = molar fraction vapor phase
z = axial distance for packing (m)

A, B, C, D = main chemical components

D, = Fick diffusion coefficent (m%/s)
E = enhancement coefficient
F = flow rate (kmol/h)

H = specific enthalpy (kJ/kmol)

Ha = Hatta number

H; = Henry coefficient of component i

Kgq,co, = equilibrium constant for overall carbamate reaction (m®/
kmol)

N = interfacial molar flux [kmol/(m? s)]

P = pressure (kPa)

R = reaction-rate source term [kmol/(m> s)]

T = temperature (K) or (°C)

Z' = dimensionless axial distance
Subscripts

0 = at packing inlet
i = components undergoing mass transfer, or chemical reac-
tion number
J = inert components
k = acid gas component
L,g = liquid, gas phase
w = weight fraction

Superscripts

— = time Average operator or for mixture liquid or gas
in = gas/liquid interface
b = bulk liquid

eq. and * = at equilibrium

Greek letters

y = activity coefficient

A = dimensionless pressure

0 = dimensionless enthalpy

n = dimensionless molar flux, viscosity [kg/(m’l sTH]
p = density (kg/m~>)

¢ = volume fraction

v = stoichiometric coefficient
T = characteristic contact time (s)
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Appendix A: Model Equations for Packing
Mathematical description of flow model for packing

In order to obtain a mathematical model describing the
mass transfer with simultaneous chemical reaction in a dif-
ferential absorber, the following assumptions were made
regarding the flow model:

e Axial dispersion is small in comparison with the con-
vective flux. Thus, in this work, backmixing is disregarded.
For industrial packed-bed reactors, the flow fields are highly
turbulent in both phases. It is therefore reasonable to assume
that there are also negligible radial gradients in temperature
and concentration along the tower. The flow fields for both
the liquid and vapor phases are, based on this, considered to
be plug flow.

e Vapor in the gas phase condenses at the gas—liquid
interface, releasing heat of condensation instantaneously to
the liquid phase.

e All chemical reactions are restricted to the liquid phase.

e The packed section has one liquid and one gas feed
stream.

e The packed section has one liquid and one gas exit
stream.

e The heat loss to the surrounding is disregarded since the
pilot absorber was insulated and assumed adiabatic.

e The transferring components leave and enter the gas
phase at the gas phase temperature.

For a steady-state 1-D model disregarding effects of axial
and radial dispersion in both phases, the general continuity
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equations reduces to the following where positive is defined
as along the direction of flow for both phases:

Vapor phase transport equations

The molar transfer rates for a component flowing as plug
flow through the column may be written as:

——E = Niagn (AD)

where subscript i refers to the gas phase components under-
going mass transfer.
All other components that do not undergo interfacial trans-
fer, e.g. inerts, are carried through the column, — dfé‘/ =0.
Heat balance:

M) _ (S ) 4 g ) (A2)

Liquid phase transport equations

Component molar balance:
— == Niapn (A3)

where subscript i refers to the components in the liquid phase
undergoing mass transfer.
Heat balance:

- W = (Z(Nng,i(Tg)) + qg) aph + dirqw

(A4)

Pressure drop:

_ AP _

£ (AS)

where f(...) is a pressure drop correlation. In this validation
paper, it is assumed that the pressure drop is linear from the
measured inlet to the outlet pressure.

The boundary conditions for this type of steady-state BVP
are given by:

Gasphase: Atz=0: ng;=ng;o and T, =T,p
Liquid phase: Atz=L: m;=n;;0 and T;,=To
The equations are made dimensionless:

ne iHg i n 'H/ i P
0. — g illgi , 91 _ REEYR) , A=
¢ Z(”(g),ng,i) Z(n?,iH?i) PO
1 1
}’lg‘,' nyi , 4
n J = ) i = 0 Z =-
) S g, S L

1 1

To obtain the following dimensionless equations:
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Normalized gas phase equations

Mass:
d’?gi L
— - = ——— X N;ap, (A6)
dzZ Z ng_’i P
1
Enthalpy:
d(}2(ng i) L
- ngl N Z(”(g) iH(g)i) x (Z(Nng’i) + qg>aph
(A7)
Normalized liquid phase equations
Mass:
dny; L
— x Nia (A8)
dz/ Z ’7?,1'
1
Enthalpy:
A (M) L
dz >o(npHY)

x << Z(Nng,i(Tg)) + ‘Ig)aph + diqu) (A9)

Pressure drop relation

d4

L

Appendix B: Gas/Liquid Interface
Model Equations

Penetration model: assumptions

e The model contains one parameter, the contact time, in
which all the details of the real fluid dynamics are lumped.
The gas/liquid contact between the mixing points is calcu-
lated using an empirical correlation based on the packing
hydraulics.26

e The bulk of both phases are assumed to be well mixed.

e The system is dilute with respect to the transferring
component and diffusion-induced convection can be
neglected. Therefore the total molar flux is equal to the diffu-
sion flux.

e Temperature gradients in the mass-transfer film are dis-
regarded.

Problem Formulation. Mass transfer with chemical reaction
of general order with respect to both reactants and products:

A(g) + vsB(1) < v.C(1) + vsD(1) (B1)

For the overall reaction with MEA: B = MEA,
C =MEAH", D= MEACOO ™, v, =2, and v, = vq = 1.

The rate equation uses second-order kinetics for a reversible
overall reaction (see Appendix B2). The rate expression is used
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in the source term in the mass balances for each node and for
each species. For the reactant (MEA): R, = v,R and reaction

products, protonated amine and carbamate: R. ¢ = —V. aRx.
The equation describing the mass balance for each compo-
nent:
oC; 0 (- dC;
=—|Di— ) —wR B2
o o ( 6x> Vit (B2)

For each of the four chemical species considered there is
one nonlinear partial differential equation of parabolic type.
These can become very stiff depending on the reaction term.
Fick’s law is used to represent diffusional fluxes assuming
pseudo-binary diffusion. The bulk equilibrium concentrations
of all species participating in the chemical reactions are
needed for the initial condition and can be obtained from the
equilibrium model.

Initial conditions and boundary conditions. 1C:
Att=0and x > 0:

G =Cpe (B3)

BC:
Att=0and x = 0:
The transferring components:

Pb Hincin
:kg(¢k k_yk k k) (B4)
x=0 RTg RTg

4
dx

— Pk

For nontransferring components:

dc;

ax | =0 (B5)

Att>0and x = 1:

Ci=Cpee (B6)

Here ¢, is the fugacity coefficient of the k (acid gas) com-
ponent which takes the nonideality of the gas phase into
account. The fugacity coefficient has been found to not differ
more than 1-2% from unity for a pressure less than 0.2
MPa.*® It was therefore assumed to be unity.

The total time-averaged CO, flux can then be calculated:

o l (s .
Ny = <7) / (Cl, — Ch*4)do =
T/ Jo

ER (RCY = 7™ Q™) (B7)
where i’ indicates all liquid species containing acid gas, free
and chemically bound, and indicates all species in the solu-
tion other than the acid gas component k. The enhancement
factor, defined from this equation, can easily be calculated
for comparisons with the asymptotic cases since the flux is
calculated directly.

After normalizing the equations to dimensionless terms,
the initial value problem (IVP) is solved using the method of
lines (MOL). This is a general technique for solving partial
differential equations (PDEs). Since the gradients at the inter-
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face become extremely steep, there must be a large number
of grid points located close to the interface in order to cor-
rectly capture the gradients. On the other hand, the time
needed to solve the set of PDEs increases with the number
of grid points. This occurs because the PDEs need to be
solved at each grid point, and there is one call to the equilib-
rium model per grid point. The problem is therefore solved
using an adaptive moving grid*’ in the space direction to
yield a set of ordinary differential equations that is solved by
an appropriate stiff time-integrator. This approach requires
an interpolation of variables whenever the location of grid
points change. In this work, the integration package DASSL
is used.*' To obtain a similar quality of solution, using a
static grid, at least four times as many grid points must be
used. This method has shown to be fast and accurate for
obtaining the interfacial flux when applying the penetration
model.

Kinetics: assumptions around the set of chemical
reactions in the liquid film

Kinetically controlled reversible reactions:
Overall reaction for CO, and a primary amine RHNH:

CO; + 2RNNH < RHNCOO~ + RHNHJ (B8)

CO, + OH™ < HCOj5 BY)
CO; + H,0 < H,CO3 (B10)

Instantaneous reversible reactions:
2H,0 < H;0" + OH~ (B11)
HCO; + H,0 «— +H;0" +CO3~ (B12)
RHNH; + H,0 < H3;0" + RHNH (B13)

The carbamate reversion:

RHNCOO™ + H,0 < HCO; + RHNH (B14)

Bicarbonate formation by reactions B9 and B14 and car-
bonate formation by reaction B12 are not considered in the
kinetic model, and transport equations for these species are
not included. However, they are taken into account in the
equilibrium model both in bulk and reaction zone. The chem-
ical equilibrium constants used for this system were obtained
from Austgen et al.> as functions of temperature at “infinite
dilute concentrations.” The forward reaction constant is taken
from Versteeg et al.*® It is assumed that the reactions with
MEA and CO, involve second-order kinetics, first order in
both CO, and MEA. This is found experimentally for
MEA.”

The rate term can then be expressed as:

Ry = kycacy — k_pclec) (B15)

which rearranges to

) Lo
R. =k (cac{,b 2 c;trcdd> (B16)

eq

DOI 10.1002/aic 863



It is common to substitute the back-reaction concentrations
with the forward concentrations being in equilibrium with
them:

Ry = ko (L™ — I ep™) (B17)

We have used a model where activity coefficients are
included for CO,:

Ry = ko (Yc ()™ — 7 (cf)™) (B18)

When the penetration model is used, j indicates the loca-
tion in the discretized film and & is the acid gas component.
When the enhancement factor model is used, the driving
force is based on the difference between the interface activity
and the bulk liquid activity. This expression is used in the
source term in the discretized mass balance equations at each
node j and for each of the four species. The driving force is
thus based on activities for CO, while it is based on concen-
tration for the other species. The kinetic expression in
Eq. B16, including activity coefficients for CO,, was also
tested and gave negligible changes to the results.

Appendix C: Correlations and Functions Used in the Model

Table C1. Overview of Correlations Implemented in the Computer Code

Parameter/Correlation Comment Reference
kao For all transferring components Bravo et al. (1996)%°
kio For CO, liquid phase using enhancement model only Bravo et al. (1996)%°

T (contact time)

Liquid hold-up

ap, (eff. interfacial area)

Flooding velocities, liquid, and vapor

For ki 0, apn

For CO, liquid phasse penetration model only

For all transferring components
Used to estimate size of tower

Bravo et al. (1996)%°

De Brito et al. (1996)*7
Bravo et al. (1993)*

Billet and Schultes (1999)%°

Table C2. Overview of Functions Implemented in the Computer Code

Parameter Phase

Functions

Reference/Comment

Diffusion coefficients Liquid:Reactants

Ty, viscosity, x;

Versteeg et al. (1996)** and
Tamini et al. (1994)*

Liquid:Products Ty, viscosity, x; Hoff et al. (2003)'®

Vapor Methode of Fuller, Reid et al. (1986)*
Viscosity Liquid Ty, x; Weiland et al. (1998)**

Vapor Te, yi Methode of Wilke, Reid et al. (1986)*
Desity Liquid Tr, w;, CO, added as a Cheng et al. (1996)*

weighed addition

Vapor TG, y; Reid et al. (1986)*
Enthalpy Vapor TG, yi Reid et al. (1986)*

Liquid Te, w; Cheng et al. (1996)*
Surface tension Liquid Vizquez et al. (1997)*
Heat of reaction CO, Liquid Ty, x; Aboudheir et al. (2003)* and own data.
Heat of vapor MEA Liquid Ty, x; Difference between H, and H;
Heat of vapor H,O Liquid Ty, x; Difference between H and H,
Activity coefficients Vapor: H,O, MEA Ty, x;, P Nath and Bender (1983)3'
Henry parameter CO, Ty, x; Austgen et al. (1989)*

Appendix D: Stream Enthalpy Calculations Specific vapor enthalpy for streams:
Specific liquid enthalpy for streams: T,
T Hg (Tg) Z [yl |:Hg ref,i + / Cp(T)g.i,idealdT:| ] (Dz)
1 i ref
Tl7xl ZXIHI ref i Z(xfmwi)/ Cp(vai)mixdT
i Thret

N

(_AHAbs(yk7T1))dy

(DD

1
+Xk |:H(g],ref,k +\/T Cp(T)gde] +xAm/
ref y

ref
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Appendix E: Pilot Rig Measured Data

Table E1. Feed Gas Phase

Vapor Flow Rate, wet T in P in CO; in dry T out P out CO, out, dry
Run* (m*/h) (°C) (kPa) (vol %) (°C) (kPa) (vol %)
1 150 39 102.94 1.65 42.24 101.78 0.40
2 150 40 102.99 1.57 41.86 101.78 0.35
3 151 39 102.99 1.56 41.35 101.78 0.36
4 151 40 102.99 1.57 41.74 101.79 0.35
5 150 54 100.38 2.04 53.41 99.30 0.39
6 150 54 102.17 2.41 55.60 101.09 0.34
7 150 52 101.80 3.03 53.40 100.29 0.86
8 148 50 102.04 2.41 52.00 100.34 0.47
9 152 62 101.47 3.19 64.70 100.28 0.67
10 151 54 101.17 2.81 58.00 100.16 0.64
11 151 53 101.24 2.16 55.80 100.21 0.45
12 151 51 101.83 2.96 54.40 100.78 1.29
13 151 64 101.97 6.65 68.40 100.80 3.04
14 153 51 103.05 4.34 53.80 101.94 3.13
15 143 62 103.38 12.12 66.60 100.98 8.13
16 151 60 103.96 9.44 62.88 102.73 7.93
17 144 68 103.06 15.33 68.52 101.36 13.00
18 151 69 103.80 12.50 72.43 100.84 7.08
19 142 66 102.11 8.35 70.49 100.34 4.51
20 142 64 102.14 4.54 68.79 100.37 1.52
*Sorted by date.
Table E2. Feed Liquid Phase
Inlet CO, Inlet Outlet Outlet Conc.
Liquid Flow T in Loading Density T out CO, Loading Density MEA, 25°C T4 max**
Run* Rate (I/min) (°C) (mol/mol) (kg/m3) (°C) (mol/mol) (kg/m3) (kmol/m3) (°C)
1 4 40 0.218 1060 41 0.284 1069 491 48.5
2 4 41 0.220 1056 42 0.275 1073 491 48.4
3 4 40 0.215 1061 41 0.272 1069 491 48.1
4 4 41 0.217 1058 42 0.276 1070 491 48.4
5 4 51 0.216 1059 55 0.274 1075 491 589
6 4 50 0.183 1056 56 0.267 1072 493 60.8
7 6 49 0.284 1069 53 0.345 1081 4.63 60.0
8 6 48 0.241 1062 52 0.296 1072 4.74 58.7
9 6 61 0.233 1059 64 0.299 1073 4.71 68.1
10 3 48 0.217 1058 56 0.333 1084 4.97 60.6
11 3 48 0.219 1059 54 0.309 1078 493 58.2
12 3 46 0.307 1080 52 0.401 1099 4.99 56.8
13 6 60 0.297 1080 66 0.390 1097 5.05 71.2
14 3 48 0.370 1092 52 0.443 1106 5.06 55.0
15 9 59 0.357 1090 64 0.435 1105 5.10 71.1
16 6. 61 0.402 1100 61 0.447 1110 5.10 63.9
17 9 66 0.409 1102 67 0.451 1112 5.09 69.6
18 9 62 0.346 1090 69 0.429 1110 5.13 74.5
19 9 64 0.347 1088 68 0.400 1100 5.17 73.0
20 9 64 0.292 1084 67 0.339 1090 5.22 71.4

*Sorted by date.

**Temperature measurement in packing 3.3 m from packing bottom.
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